Introduction
Chemical looping offers the possibility of intrinsic separation of CO 2 from a combustion process in which it is desired to capture CO 2 and bury it in the earth to prevent its release to the atmosphere. In its basic form, gaseous fuel is oxidized by a solid metal oxide, MeO, the "oxygen carrier" (OC), in one reactor [Eq. (1)]:
ð2 n þ mÞ MeO y þC n H 2 m ! ð2 n þ mÞ MeO yÀ1 þ m H 2 O þ n CO 2 ð1Þ
The exit gas yields almost-pure CO 2 if the steam is condensed. The reduced metal oxide, MeO yÀ1 , is transferred to an oxidation reactor and regenerated [Eq. (2) ]:
Adding these reactions, the fuel has been combusted, but the resulting CO 2 has been separated from the nitrogen in the air. This approach is generally considered to require much less energy than other techniques mooted for the capture of carbon, such as scrubbing flue gases by using amine solvents. [1] With solid fuels, the general strategy is to gasify the fixed carbon in the solid to synthesis gases, which in turn react with the OC. Practically, chemical-looping combustion (CLC) is achieved in a continuous process by circulating the solid OC between two reactors, one called the fuel reactor (FR), in which the combustion of the carbonaceous fuel takes place, and another called the air reactor (AR), in which the oxidation of the reduced OC takes place.
Oxygen carriers are key in CLC and initial investigations of the performance of newly developed OC particles usually utilize thermogravimetric analyzers, benchscale fixed bed or fluidized bed reactors. [2] [3] [4] [5] [6] [7] [8] It has, however, been shown that these types of equipment are not sufficient to emulate the reaction conditions experienced by the particles in continuously operating reactors. [9, 10] Circulating fluidized bed (CFB) technology is commonly employed in these systems, in which mechanical stresses experienced by the OC particles are significantly greater than in, for example, batch fluidized bed reactors. [11] It is therefore essential to evaluate the suitability of new materials and formulations in the laboratory by using reactors capable of reproducing features of large reactors. [12] [13] [14] [15] Not only can they be used to investigate new carrier materials, but they can also be used to investigate the process conditions, for example, the impact of sulfurous or nitrogenous species. [16, 17] Most importantly, if designed carefully, small-scale systems can emulate larger reactors, [18] [19] [20] [21] which allows the results from the laboratory to be used for the modeling of large-scale systems.
One important item of information required of scaleddown systems is the residence time distribution (RTD) of the The residence time distribution (RTD) of solids in various sections of a circulating fluidized bed (CFB) is of great importance for design and operation but is often difficult to determine experimentally. A noninvasive method is described, for which the RTD was derived from temporal measurements of the temperature following the initiation of a chemical-looping reaction. To demonstrate the method, a CuObased oxygen carrier was used in a small-scale CFB, and measurements were made in the fuel reactor, operated as a bubbling fluidized bed. The measurements were fitted to the tanks-in-series model, modified to account for heat losses from the reactor. There was excellent agreement between the model and the experiment. Limitations and further improvements of the method are discussed, also with respect to larger reactors.
carrier particles in the AR and the FR. Whilst operating at steady state in a CFB, only the mean residence time, t m , of the particles in the respective reactor, rather than the RTD, is required to predict both conversion and off-gas concentrations. In most cases, t m can be approximated reasonably well by the space time, that is, the inventory of a reactor divided by the rate of circulation of the particles. However, to understand how carrier particles evolve over time in a system of coupled reactors and to understand mixing characteristics in various parts of the reactor quantification of the RTD is required. This information may also be helpful to improve the design of the reactor. Various methods have been proposed to measure the RTD of solids in a CFB, [22, 23] many of which are invasive, require a tracer, lack closed boundary conditions, or need to be performed at temperatures different from the desired process conditions. The present paper describes a noninvasive method, in which the RTD was derived from excursions in temperature following the initiation of the looping reaction. The experiments used a CuO-based OC and were undertaken in a laboratory-scale CFB.
Description of the Experiment
The principal idea is that the initiation of the looping reaction, for example, the oxidation of the OC in the AR or the reduction of the OC in the FR, results in a gradual change in temperature related to the enthalpy of the reaction. From observations of the change in temperature with time, the RTD of the OC particles can be determined, as follows. Eventually (after a time @ t m ), a steady state will be reached. The reaction can be initiated by switching the fluidizing gas from an inert gas to a reactive gas. This is discussed exemplarily for the FR, which was operated as a gently bubbling fluidized bed (U 0 /U mf % 2-4, in which U 0 is the superficial gas velocity and U mf is the minimum fluidization velocity), and for which the temperature was measured near the solids outlet approximately 5 mm from the wall of the reactor of diameter 40 mm. The electrically heated CFB is described in the Experimental Section and is depicted in Figure 3 . The residence time of the gas was small relative to that of the solids and is thus not discussed.
Theory
The reduction of CuO to Cu is generally fast, even at temperatures as low as approximately 250-300 8C. [24] [25] [26] For example, with 10 vol % CO in N 2 as the reducing gas into the FR under bubbling conditions in an initial experiment, no CO was detected in the off-gas for temperatures greater then approximately 220 8C. To measure the RTD of the particles, the CFB was operated at approximately 400 8C at ambient pressure, and consequently, the rate of reduction of the OC in the FR was most probably limited by interphase transfer of mass from the bubble to the particulate phase. Under such conditions, there was no dependence of rate on conversion, X, of the OC particles (X = 0 implies the OC was fully oxidized, X = 1 implies the OC was fully reduced) and X was rather low. Under typical operating conditions (summarized in Table 1 ) the maximum X at steady state was between 0.006 and 0.021.
The amount of heat, Q tot , produced from the reaction over the duration that reactive gas was fed to the FR was [Eq. (3)]:
in which C in is a normalized input vector (e.g., a rectangular function with unit area for the duration of the reactive gas turned on), n O 2 ,tot is the equivalent total number of moles of O 2 transferred from the OC particles to the CO, and DH r,400 8C is the enthalpy of the reaction. The value of n O 2 ,tot was calculated by using [Eq. (4)]:
in which x CO,in is the mole fraction of CO in the fuel gas; V FR is the flow rate of gas entering the FR [m 3 s À1 ], measured at ambient pressure and temperature (taken as p = 101 325 Pa and T = 293 K); R is the gas constant; and t 0 is the time at which the reactive gas was admitted to the reactor. A very diluted fuel gas (x CO,in = 0.1) was used 1) to limit the increase in temperature during the exothermic reduction of CuO to avoid significant influences on the hydrodynamics, 2) to limit the conversion of CuO to avoid significant changes in the physical properties of the particles, and 3) to ensure the thermodynamic properties of the fluidizing gas in the FR did not change unduly.
At a temperature of 400 8C, CuO is known to preferentially reduce to Cu directly, with only small amounts of Cu 2 O being formed as an intermediate. [26, 27] Thus, for low values of X, the reduction of CuO by CO can be written as [Eqs. (5) and (6)]: Table 1 . Summary of the experimental conditions used for runs 1-4 at approximately 400 8C, and the modeling parameters obtained from the best fit of Equations (9)- (12) to the temperature measured in the FR. 
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Autothermal operation is usually not possible in smallscale CFBs. If the circulation of solids in the CFB (in the absence of a chemical reaction in the FR) reaches a steady state, the heat transferred from the heating elements to the CFB (including the heating of the gas and the solids) and the heat losses from the CFB are eventually in balance. The enthalpies of reaction per mole of CO are relatively similar for reactions (5) and (6) . Because reaction (5) is dominant, a value of DH r,400 8C of À130.2 kJ mol À1 was used in subsequent calculations.
Heat is generated at the gas-solid interface and is then transferred to the gas, the surface of the particles, and from there to the interior of the particles. It was previously shown that heat transfer by conduction inside an OC particle is generally fast, so that internal gradients of temperature are insignificant. [28] It was additionally shown that the main resistance for heat transfer is in the external film of the particles, which affects the increase in temperature of a particle in the first few seconds of a reaction (simulated for fuel gas concentrations of 70 vol %). Given the low value of x CO,in , the high porosity of the particles, and the rather long timescale of the reaction (t > t m , see below), any effects of heat-transfer resistance on the measurements can safely be ruled out, including those to the thermocouple. Treating the enthalpy of reaction as a heat input to the system (i.e., the reaction occurs only close to the inlet), as a first approximation assuming no heat loss, the heat balance for the FR yields, as shown in the Supporting Information [Eq. (7)]:
in which * is the convolution operator, c p,s is the specific heat capacity of the solids, E'(t) is the response to an impulse of heat input, T 0 is the temperature just before the initiation of the reduction reaction, T is the temperature measured near the outlet of the FR, c p,g is the specific heat capacity of the fluidizing gas, and 1 g is the density of the fluidizing gas. The OC consisted of 60 wt % CuO, 23 wt % Al 2 O 3 , and 17 wt % CaO, which gave a value of c p,s of approximately 808 J kg À1 K À1 at 400 8C. [29] This value changed insignificantly over the temperature range investigated in this work [( % 400 AE 20) 8C] and was used for the solids both entering and leaving the FR. The heat transferred to the gas is small relative to that to the solids, so that the corresponding term on the right-hand side of Equation (7) 
Modeling the RTD of the solids
The tanks-in-series (TIS) model with the gamma extension model [30, 31] was used to model the RTD of the solids. The TIS model was used successfully in previous RTD studies of fluidized beds. [32] [33] [34] [35] [36] It assumes that the system of interest consists of N statistically independent tanks of equal volume in series and that the solids in each tank are perfectly mixed. For N!1, the E curve obtained by the model approaches that of a plug flow reactor. The RTD, E(t), is therefore [Eq. (9)]: [31] E
in which G(N) is the gamma function and N can be any rational number > 0 [Eq. (10)]:
Of course, the parameter N lacks physical interpretation; rather, N should be considered as an adjustable index of mixing performance. [31] For the model to be used in the heat balance, Equation (8) needs to be modified to account for losses of heat from the reactor; otherwise, E(t) would give a "heat RTD", rather than a "material RTD" related to the physical mixing of the particles. In the modified TIS model, derived in the Supporting Information, heat is lost as particles flow from one virtual tank to another, as shown in ], and is assumed to be uniform over time. Thus, Equation (8) 
in which the parameter t m from Equation (9) is written as [Eq. (12)]:
In this model, E'(t) should have the same value of N as E(t), the RTD of the solids, but with a different time constant. The inventory of solids in the FR was [Eq. (13) ]: 
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These are not the final page numbers! ÞÞ in which the bed voidage, e FR , is estimated from the twophase assumption, [37] A FR is the cross-sectional area of the FR, and h is the height of the solids in the FR (0.1 m). The method of least squares was used to fit Equations (9)-(12) to the measured temperature, for which k, N, and Q loss were the three fitting parameters. It is noteworthy that the TIS model itself is a one-parameter model, and so the parameter N is sufficient to characterize the mixing of the solids in the reactor. [31] On the basis of t' m , the true mean residence time of the solids, t m , can be derived from [Eq. (14) ]:
Results Figure 1 shows an example of the excursion in temperature measured in the FR following the initiation of the exothermic reduction reaction by switching the fluidizing gas from N 2 to 10 vol % CO in N 2 in comparison to that modeled by using Equation (11) . The flow rate of gas remained the same, here V FR = 6 10 À5 m 3 s
À1
, which resulted in a value of U 0 /U mf of approximately 3. The bed voidage was e FR = 0.57, and the inventory of the FR was m FR = 0.097 kg. Excellent agreement between the two curves was obtained for N = 1.4, k = 0.75 W K
, and Q loss = 160 J K À1 , which gave t' m = 108 s. Small deviations were found in the first few seconds after the reactive gas was switched on and off. Using Equation (14) , t m was calculated to be 53.7 s. This value compares well to the space time (m FR /ṁ s ) of 54.1 s, consistent with the system having closed boundaries (i.e., each particle passes the system boundaries exactly twice; the first time upon entering the FR and the second time upon leaving the FR by the overflow).
Additional measurements (experiments 2-4) were made by using different flow rates V FR and solids circulation rates ṁ s , as summarized in Table 1 . The best fit for these measurements gave values of N between 1.35 and 1.4, which indicated that V FR and ṁ s did not affect N significantly. The values of Q loss varied only slightly with the estimated space time, whereas k changed considerably; this is discussed in greater detail below.
The RTDs corresponding to the fitted temperature curves for experiments 1-4 are shown in Figure 2 . For the computation of the E curves, N and t m were used in Equation (9) . It is clear that the shape of the RTD was similar for each experiment, subject to the individual values of t m .
Discussion
The measurement of the RTD on the basis of the temperature excursion at the exit of the FR (or AR) is dependent on the solids as dominant carriers for heat. Other terms affecting the shape of the RTD include heat transfer to the reactor body, heat loss to the surroundings, and dissipation of heat by the gas, and these are more important in small-scale systems than in larger ones. Here, in a bubbling fluidized bed, the heat capacity of the gas stream leaving the reactor was always < 10 % of that of the circulating solids on the basis of the lowest solids circulation rate examined and did not have a significant influence on the RTD. However, care must be taken upon deducing the RTD of solids in a fast-fluidized bed, because the heat capacity of the gas would be comparable, or even higher, than that of the circulating solids, which would hence dissipate a significant proportion of the heat released from the reaction and reduce the apparent mean residence time. However, the contribution from the gas can be accounted for relatively easily by knowing the flowrate (e.g., assuming a plug flow) and can be deconvoluted from the measured RTD. On the other hand, other thermal masses, such as the reactor body, increase the thermal inertia of the FR and increase the apparent mean residence time (i.e., t' m > t m ). This is especially important in small-scale systems, for which the mass of the reactor body is large relative to the content of solids, as seen in Table 1 . Here, this was accounted for by introducing an additional term, Q loss , in the heat balance. For larger systems, the solid carriers tend to dominate 
&4&
the thermal mass, and the contribution from the reactor body would diminish. Heat losses, k, can be significant in small systems owing to the relatively large surface area per unit volume of the reactor, and autothermal operation is usually difficult. As the scale of the system increases, the proportion of heat lost would decrease, so that the heat loss term would also become less significant. In bubbling fluidized beds operating under conditions relevant to CLC, the rate of reaction is usually limited by interphase mass transfer. In fact, the rate of the intrinsic chemical kinetics of the OC used in the FR must be at least as fast as the rate of interphase mass transfer in a bubbling bed to avoid slip of unburned combustible gases, unless very deep beds are used. Thus, a constant rate of reaction and a constant release of heat can be assumed. In fast or turbulent beds, interphase mass transfer is significantly enhanced, and the intrinsic kinetics of the OC may become more important. [38] These would have to be included in Equation (3). The curves obtained from Equation (11) fitted the temperature measured in experiments 1-4 very well, which indicated that the TIS model and the principal assumptions were suitable for modeling of the mixing of the particles in the FR. It was expected that the values of Q loss would be very similar for the four experiments, given that it reflects the heat capacity of the reactor body. In experiment 3, the value of Q loss deviated from that obtained from the other experiments, the reasons for which are not clear. A trend was seen for the parameter k, which increased with mean residence time of the particles, which suggested a possible nonlinear dependence on temperature. For experiment 3 with the highest solids circulation rate (and thus the lowest mean residence time), this value became negative, which would not be possible had k a physical meaning (in which case it would be expected to be a constant). Generally, the method described in this paper relies on accurate measurements of ṁ s . Any inaccuracies in determining ṁ s will affect k, and too low a value of ṁ s would result in too high a value of k and vice versa from the fitting of the experimental data by using Equations (11) and (12) . Further experiments are needed to quantify precisely the values of Q loss and k. Most importantly, in the heat balance presented in this paper, the values of k and Q loss do not affect significantly the parameter N, which characterizes the shape of the RTD and thus the mixing of the solids in the reactor.
A potential problem with the current experimental arrangement is that there was only one thermocouple at a fixed location in the FR. Provided the release of heat is fast and uniform in the bed, temperature measurements at a fixed position are sufficient to obtain information on the mixing of the particles. In the small-scale CFB used in this work, the solids in the FR were relatively well mixed, evident from the small number of N. In large systems, solid mixing would probably be more complicated and heat release no longer uniform, and thus simultaneous measurements of the temperature from multiple positions within the FR would be required for accurate characterization of the RTD, but the same basic principles should still apply. The proposed method could potentially be extended to the use of solid fuels, for which the release of heat depends on the distribution and residence time of the fuel particles in the system.
Conclusions
Knowledge of the residence time distribution (RTD) of oxygen-carrier (OC) particles in a circulating fluidized bed (CFB) is of great importance, for both design and operation. RTDs are often difficult to determine experimentally. Here, a simple method was described to determine the RTD of OC particles in reactors under conditions relevant to chemicallooping combustion (CLC). The method is noninvasive and can potentially be employed in reactors up to the large pilot scale. The following conclusions were drawn:
1) The RTD of solids can be determined from measurements of the temperature in the reactor by following the initiation of a looping reaction 2) The tanks-in-series model is suitable for modeling the mixing of the solids in the present reactor 3) Factors influencing the RTD other than the circulation rate of the solids were modeled and discussed. Some factors become less important at larger scales, which thus yields more accurate measurements of the RTD of the solids
Experimental Section
Apparatus A schematic diagram of the experimental CFB is shown in Figure 3 . The CFB was made of stainless steel (Alloy 310) and was housed in a commercial furnace system (Kanthal) consisting of six heating elements rated at 1. stably. The flow rate of gas to the loop seals and the FR was controlled by using mass flow controllers (Bronkhorst, EL-FLOW series). The flow rate of air to the AR (primary and secondary air inlet) was controlled by using rotameters (MPB Industries). The loop seals were aerated by using N 2 , and the reducing gas for the purpose of measuring the RTD was 10 vol % CO in N 2 . All gases other than compressed air were provided by BOC Ltd., from cylinders. The off-gases from the AR and the FR were measured continuously by using gas analyzers (Universal exhaust gas oxygen analyzer and ABB EL3020). Temperature measurements were made in the AR, the FR, the riser, and the loop seals by using type K thermocouples. The response of the thermocouples (< 1 s) was sufficiently fast and did not affect the measurements.
Measurement of the solids circulation rate
The solids circulation rate, ṁ s , was measured in the riser of the CFB by using a method described (and validated for this system) in detail elsewhere. [39] Pressure signals associated with the passage of solids in the riser were cross-correlated to obtain an estimate of their time-averaged velocity, U p . Simultaneously, the time-averaged voidage, e riser , was measured in the same section. The value of ṁ s was computed by using Equation (15):
in which A riser is the cross-sectional area of the riser and 1 s is the particle density.
Materials
The CFB was operated by using approximately 300 mL of a CuO-based oxygen carrier. The OC consisted of 60 wt % CuO and 40 wt % calcium aluminate as the support material. The method of synthesis is described in detail elsewhere. [40] The OC was chosen because it performed well in previous studies, [40, 41] for which it was cycled under CLC conditions in a single fluidized bed reactor at temperatures up to 950 8C. The particle density, 1 s , was measured to be approximately 1800 kg m À3 , its porosity was approximately 0.65, and the mean particle diameter, d p , (defined as the surface-volume-equivalent diameter) was approximately 220 mm. The gas velocity, U mf , needed for minimum fluidization was approximately 0.036 m s À1 (measured at 400 8C and atmospheric pressure in air) and the bed voidage at U mf , e mf , was 0.46.
